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Abstract

In this paper, the mass and heat transfer characteristics of a composite structured catalytic reactor packing (Composite Structured
Packing (CSP)) are investigated. A CSP consists of a multichannel framework filled with ordinary catalyst particles, with a square
channel-to-particle-diameter ratio (N) of 1 < N < 5, resulting in a system with a significantly lower pressure drop compared to a
randomly packed bed. The goal of the present study is to assess whether commercial Computational Fluid Dynamics (CFD) software
can be used to (1) adequately predict the rate of mass and heat transfer from the catalyst particles to the fluid in a CSP and (2) develop
simple engineering correlations for this type of packing. First, it is shown that commercial CFD software (CFX-5.3) can be used to
adequately predict the particle-to-fluid heat transfer of a single free sphere. Furthermore, it is shown that the CFD code can predict the
heat/mass transfer characteristics, with an average error of 15% compared to experimental values, for packed beds of spherical particles
with 1.00� N � 2.00. The constants of the commonly used engineering correlationNu = c1 + c2RenPr1/3 were obtained by fitting the
CFD results forN = 1.00, 1.15, 1.47, 2.00A and 2.00B.
© 2003 Elsevier B.V. All rights reserved.
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1. Introduction

In industrial applications, catalysts are used to enhance
chemical reactions. Very often, the catalysts are applied in
wide, randomly packed (fixed) beds, which are not necessar-
ily the most favourable or most efficient packing. Although
not optimal, random packings will probably remain the stan-
dard for catalytic reactors for some decades because of their
low cost and ease of use compared to structured packings.
Because of low pressure drop requirements or other specific
demands in chemical processes, the development and appli-
cation of novel structured packings and reactors, has been
increasing over the last decades. The reactor engineering
characteristics of these packings and reactors, such as pres-
sure drop, channelling and bypassing behaviour, dispersion
and mass and heat transfer, have to be known, and simple
engineering (design) correlations should be available.

The modelling of the characteristics of packed beds is
mostly done with models that are based on physical prin-
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ciples, and contain parameters that have been determined
in laboratory experiments. Computer speed has increased
tremendously over the last few years. It becomes interesting,
tempting and within acceptable time and cost constraints to
simulate (parts of) structured catalyst beds with 3D Com-
putational Fluid Dynamics (CFD), in order to predict the
reactor engineering characteristics and to provide insight in
flow patterns from macro to micro scale sizes. The main ad-
vantage of this approach is that a number of configurations
of structures of packings and/or reactors can be evaluated
without the construction of, and investment in, experimental
apparatus. Also a higher flexibility in settings in experimen-
tal set-ups, such as adiabatic experiments or experiments at
very low or high Reynolds numbers, is achievable.

In this paper, this modelling approach is applied to a
novel structured catalytic reactor packing, called a Com-
posite Structured Packing (CSP[18]), that enables the use
of ordinary catalyst particles in a fixed bed, at significantly
lower pressure drops compared to a randomly packed bed.
The CSP concept is based on the well-known principle
that in a randomly packed bed, the presence of the wall in-
duces an ordering of the particles, accompanied by a higher
voidage and lower tortuosity. This principle can be exploited
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Nomenclature

A surface area (m2)
c1, c2 constant in correlation
cp heat capacity (J kg−1 K−1)
C concentration (molA m−3

gas)
d diameter (m)
D molecular diffusion coefficient (m2 s−2)
h heat transfer coefficient (W m−2 K)
j Chilton–Colburnj factor
kg gas phase mass transfer coefficient (m s−1)
m mass (kg)
M molar mass of naphthalene (g mol−1)
n number of moles (mol), exponent
N channel-to-particle-diameter ratio (m m−1)
p number of mass transfer experiments at

a specific Reynolds number
P pressure (Pa)
q heat transfer rate (kg s−1)
q′′ heat flux (kg m−2 s−1)
R ideal gas constant, 8.3144 (J mol−1 K−1)
t time (s)
T temperature (K)
v velocity (m s−1)
V volume (m3)
x number of mass transfer experiments at

different Reynolds numbers

Greek letters
ε porosity (m3

gasm
−3
reactor)

ϕ total transfer rate (mol s−1)
λ thermal conductivity (W m−1 K)
µ dynamic viscosity (Pa s)
ν kinematic viscosity (Pa s)

Subscripts
bulk in the bulk phase
D analogy letter for mass transfer (referring

to diffusion)
gas of the gas phase
H hydraulic, analogy letter for heat transfer
i interstitial
in at the inlet
m mass
mol molar
out at the outlet
p particle
s solid, surface or superficial
sat saturated
w heat, at the wall

Dimensionless groups
Nu ≡ hd

λ

Pr ≡ µcp
λ

Re ≡ ρvd
µ

Sc ≡ µ
ρD

Sh ≡ kgd

D

by filling an array of parallel channels, such as a monolith
or honeycomb, with ordinary catalyst particles (seeFig. 1).

The CSP can create a significantly lower pressure drop
(up to a factor 15) per unit catalyst mass than a randomly
packed bed containing the same catalyst particles, as has
been shown in our previous paper[4]. Alternatively, the CSP
concept allows the use of smaller particles, yet at the same
pressure drop as across a randomly packed bed, favouring
the catalyst efficiency and selectivity. However, the analogy
between momentum transfer and mass and heat transfer pre-
dicts that if the pressure drop is lower, also the rate of mass
and heat transfer between fluid and solids will be lower,
compared to a traditional (N > 10) randomly packed bed.
Hence, mass and heat transfer in a CSP will be more critical
than in a traditional fixed bed.

In the modelling of"P and particle-to-fluid mass and heat
transfer, all CSP channels can be assumed to behave identi-
cally. Thus, modelling of a CSP is reduced to the modelling
of single fixed beds with a very low channel-to-particle di-
ameter ratioN. Transport phenomena in fixed beds withN
<4.0 have relatively little been studied, and relations to pre-
dict these properties are scarce. Tsotsas and Schlünder[20]
have measured the mass transfer rates of naphthalene par-
ticles to air at low tube-to-particle-diameter ratios of 1.41,
1.98 and 3.77, and calculated the corresponding Sherwood
numbers via the axially dispersed plug flow model. The re-
sults were compared with predictions according to the corre-
lation of Gnielinski[9] (accounting for porosity), and Wakao
and Funazkri[22] (not accounting for porosity), originally
developed for wide packed beds. Their main conclusion is
that these relations overestimate the mass transfer exten-
sively (40 and 50–110%, respectively), especially at low
Reynolds numbers. Winterberg and Tsotas[24,25] devel-
oped a model to describe the effective radial heat conductiv-
ity in packed beds of a low channel-to-particle-diameter ratio
and extended their model for packings of spheres to cylin-
ders. It has been successfully compared with various bed

Fig. 1. Concept of Composite Structured Packing (CSP) and simulated
packings with their aspect ratios (N) and porosity (ε).
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geometries, and several different boundary conditions. Win-
terberg and Tsotsas[26] also review earlier work, investigat-
ing the issue of pressure drop in spatially constrained packed
beds.

In general, 2D and 3D CFD models have been used in var-
ious fields to simulate flow profiles and heat transfer. Using
the 2D finite elements method, Dalman et al.[5] investi-
gated the flow around two spheres near a wall in an axisym-
metric plane. The formation of eddies between the spheres,
leading to regions of poor heat transfer, has been shown in
this work. Lloyd and Boehm[14] studied a linear array of
eight spheres in 2D, to determine the influence of the sphere
spacing on the drag coefficients and the particle-to-fluid
heat transfer. It was shown that a decreasing space between
the spheres resulted in a decreased heat transfer.

More recently, 3D models of packed beds have been de-
veloped. Derkx and Dixon[6] developed a simple model
consisting of three spheres in a tube, in order to investigate
the wall heat transfer coefficients. Logtenberg and Dixon
[11,12]extended this model to eight spheres, divided in two
layers of four spheres without solid–solid contact points.
Logtenberg et al.[13] however, incorporated contact points
between the solids in a ten-sphere model, which used spher-
ical dead volumes around the contact points. This model
showed flow and heat transfer behaviour that could not be
described by conventional fixed bed models.

Recently, Nijemeisland and Dixon[16] modelled the
channel wall-to-fluid heat transfer in packed beds for circu-
lar tubes with low channel-to-particle-diameter ratios, using
CFD. They presented an extensive overview of previous
work on modelling and measurement of the characteristics
of fixed beds with low channel-to-particle-diameter ratios.
Correction factors for non-ideal experimental measurement
and omitted heat transfer mechanisms in the CFD model
were introduced. After correction, the wall-to-fluid heat
transfer simulations in a CFD model geometry, consist-
ing of 44 solid spheres in a tube ofN = 2.00, showed a
very good quantitative and qualitative fit to experimentally
measured temperature profiles of the same geometry.

We showed earlier[4] that commercial CFD software
(CFX-5.2) can be used to adequately predict pressure drop
characteristics and local fluid velocities in a CSP. Nijemeis-
land and Dixon[16] showed the capability of CFD to predict
temperature profiles induced by the channel wall-to-fluid
heat transfer in models of a single tube filled with spherical
particles.

The objective of this work is (1) to assess whether com-
mercial CFD software (CFX-5.3) can be used to predict
the rate of the mass and heat transfer from the catalyst
particles to the fluid in a CSP (expressed as Nusselt versus
Reynolds) within a target error of 20% and (2) whether
it can be used to develop (simple) engineering correla-
tions for this type of packing. The CFD simulation of
heat transfer will be validated by comparing the data with
experimentally determined particle-to-fluid mass transfer
rates (expressed as Sherwood versus Reynolds), by making

use of Chilton–Colburn analogy between mass and heat
transfer.

The following approach is followed. First, a benchmark
is performed to assess the heat transfer simulation capabili-
ties of the CFD code. In this benchmark, the particle-to-fluid
heat transfer of a single sphere in an ‘infinite’ domain is sim-
ulated. Although this is a standard case, it has relatively lit-
tle been studied in literature, which is a reason to describe it
here. The simulation results will be compared to theoretical
and experimental data in existing literature in order to vali-
date the use of the simulation method and software. Second,
particle-to-fluid heat transfer simulations are performed for
the CSPs with channel-to-particle-diameter ratios as shown
in Fig. 1. Various analyses of the influence on the calculated
heat transfer or Nusselt number will be performed, such as
the grid size dependency, the so-called ‘shrink’ factor (to
prevent mesh problems because of contact points between
solids, Calis et al.[4], or ‘near-miss’ model by Nijemeis-
land and Dixon[16]) and the number and position of the
heated particles. In parallel, naphthalene sublimation mass
transfer experiments are carried out to obtain the correspond-
ing Sherwood numbers, which under present conditions can
safely be assumed to be identical to the Nusselt numbers.
Finally, engineering correlations, based on the Nusselt num-
bers from the heat transfer simulations, will be developed
and validated by comparison with the experimental Sher-
wood numbers by using the mass and heat transfer analogy.

2. Basic considerations

2.1. Engineering practice in mass/heat transfer modelling

The Nusselt (Sherwood) number that quantifies heat
(mass) transfer from a surface to a fluid is a function of the
Reynolds and Prandtl (Schmidt) number. This is generalized
into correlations of the form:

Nu = c1 + c2RenPr1/3 (1)

Sh = c1 + c2RenSc1/3 (2)

Although these equations seem simple, a stagnant, laminar
or turbulent flow situation has a complete different back-
ground in this relation. This is important in the simulation
of particle-to-fluid heat transfer. Therefore, the heat trans-
fer (expressed as the Nusselt number) for six special cases
will be discussed: (1) the particle-to-fluid heat transfer of
a single free sphere in a static infinite medium, (2) the
particle-to-fluid heat transfer of a single free sphere in a
flowing fluid, (3) the wall-to-fluid heat transfer of an empty
channel without flow, (4) the wall-to-fluid heat transfer of an
empty channel with laminar flow, (5) the wall-to-fluid heat
transfer of an empty channel with turbulent flow, and (6)
the particle-to-fluid heat transfer of a tube filled with cata-
lyst particles. In the steady state situation of case (1), heat
is still transferred from the particle to the infinite domain
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which has a constant bulk temperature infinitely far away.
Theoretically, it can be derived thatNu = 2 in this case[3].
For case (2), the Nusselt number increases with increasing
Reynolds number, according toEq. (1). In the steady state
situation of case (3), the Nusselt number cannot be defined
because the fluid in the channel has attained the wall tem-
perature, thus no temperature gradient exists anymore. De-
pending on the channel shape and the boundary condition in
case (4), where the radial temperature profile is not a func-
tion of Reynolds,Nu = 3.66 for an empty cylindrical tube
under a constant temperature boundary condition, whereas
Nu = 4.36 under a constant heat flux boundary condition.
For turbulent flow in case (5), the radial temperature profile
becomes a function of Reynolds and again Nusselt increases
with Reynolds, according toEq. (1). Finally, in case (6) the
fluid flow path and heat flux are yet again constrained in the
radial direction as was for the empty tube, which results in
a similar dependence of Nusselt on Reynolds as in case (4)
and case (5): constant Nusselt number for laminar flow and
Reynolds dependent for turbulent flow.

The conclusion of these six cases is that, both for a single
free sphere and for an empty channel or tube filled with
particles, a limiting value of Nusselt exists, and dependence
of Nusselt on Reynolds is described byEq. (1). However,
for a single free sphere the limiting value is obtained at
Re = 0, and Nusselt increases with Reynolds both at laminar
and turbulent flow, whereas for an empty channel or a tube
filled with particles, Nusselt is undefined atRe = 0, Nusselt
is constant at laminar flow, whereas Nusselt depends on
Reynolds in the transition regime or at turbulent flow.

In this paper, the particle-to-fluid heat transfer rate,q

(W), from a sphere to a fluid is simulated with CFD. The
temperature of the surface of the particle is set to a surface
temperature,Ts, whereas the fluid at the boundary of the
domain is set to a lower bulk temperature,T∞. As a result
of the temperature difference between the particle surface
and the fluid, heat is transferred from the particle to the
fluid. It should be noted that the heat transfer rate along the
particle surface depends on the position on the surface, as a
result of different fluid velocities along the surface, which
are a function of angle of the stagnation point.

In common engineering practice, the particle-to-fluid heat
transfer is expressed by the following model:

h̄ = q̄′′

Ts − T∞
= q

πd2
p(Ts − T∞)

(3)

The average Nusselt number of a single sphere is

Nu ≡ h̄dp

λ
= q̄

πdpλ"T
(4)

This model works well for simple cases, like a single free
sphere, where the temperature difference between the sur-
face and bulk temperature is well defined. However, it is
less applicable to channels, packed beds or the CSP, because
the bulk temperature is not easily defined. Therefore, in our

study the temperature difference in the CSP, or a channel
packed with particles, between the particle surface and the
bulk is based on the average of the mass averaged temper-
atures of the fluid at the cross-section perpendicular to the
main flow direction of the channel, just upstream and down-
stream of the section of the channel that contains the ‘warm’,
heat transferring, particle:

"T = Ts − 1
2T |in − T |out (5)

This definition works well if the temperature difference
T |in −T |out is small compared to the driving force defined in
Eq. (5). This ratio depends on conditions (mainly Reynolds
anda = λ/ρCp), which to some extent can be freely chosen.
As a result, the Nusselt numbers, obtained via simulation,
will be less accurate at low than at high Reynolds numbers.

2.2. Heat transfer for a single free sphere and spheres
packed in channel

First, a benchmark for the simulation of the heat transfer
rate of a single free sphere in an ‘infinite’ flowing medium
will be carried out. The Reynolds number for this benchmark
is defined as

Re ≡ ρv∞d

µ
(6)

The benchmark heat transfer simulations will be compared
to the empirical heat transfer relations by Ranz and Marshall
[17], Whitaker [23] and Achenbach[1] for a single free
sphere, respectively:

Nu = 2.0 + 0.66Re0.5Pr0.33,

for 10< Re < 104,Pr > 0.7,Pe 
 1 (7)

Nu = 2.0 + (0.4Re0.5 + 0.06Re0.67)Pr0.4,

for 3.5 < Re < 7.6 × 104,0.7 < Pr < 380 (8)

Nu = 2.0 +
(

1
4Re + 3 × 10−4Re1.6

)
,

for 102 < Re < 2 × 105 (9)

Second, the particle-to-fluid heat transfer in a single CSP
channel, i.e., a narrow channel packed with particles, will
be simulated. The conventional engineering relation for heat
transfer in a randomly packed bed is

Nu = (1.8 ± 0.3)Re0.5Pr0.33,

for ε = 0.4,30< Re < 3 × 103,Pr ≥ 1 (10)

Note that in this conventional engineering equation the
limiting value of Nusselt (i.e. the constantc1 in Eq. (1))
is generally dropped[7,19]. For the modelling of flow in a
single CSP channel, a channel flow approach is preferred,
as this worked well for pressure drop modelling[4]. In this
approach, the Reynolds number for the CSP is based on the
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interstitial velocity (vi ) and the hydraulic diameter (dH) of
the CSP-channel:

ReH ≡ ρvidH

µ
(11)

where the hydraulic diameter and interstitial velocity are
defined as

〈dH〉 ≡ 4Vgas

Aw + Ap
= 4ε

6(1 − ε) + (4/N)
dp (12)

vi ≡ vs

ε
(13)

The Reynolds number based on the hydraulic diameter is
implemented in the heat transfer correlation for randomly
packed beds (Eq.(10)), to be able to apply this correlation
properly to the CSP, which results in

Nu = (2.7 ± 0.5)Re0.5Pr0.33,

for ε = 0.4,20< Re < 2 × 103,Pr ≥ 1 (14)

2.3. Experimental determination of the mass transfer
characteristics

Mass transfer is characterized by the Sherwood number:

Sh ≡ kgdp

D
(15)

In our work, the particle-to-fluid mass transfer characteristics
of the CSP (or more general: narrow channels filled with
particles) are investigated using the naphthalene sublimation
technique with spherical naphthalene particles. The molar
flow rate of the naphthalene from the particle surface to the
bulk gas is expressed as

ϕmol = "m

M"t
= kgπ〈dp〉2 (

Cs − Cs,bulk
)

(16)

where"m is the mass decrease of the naphthalene sphere
during time"t of an experiment. The naphthalene concen-
tration at the surface of the naphthalene particle is given by:

Cs ≡ n

V
= Psat

RT
(17)

where the saturated vapor pressure is estimated with the tem-
perature dependent correlation of Ambrose et al.[2], rec-
ommended by Goldstein and Cho[10]. In our experiments,
the conditions are chosen such that the concentration in the
bulk of the gas phase (i.e. the mixing cup average) remains
below 5% of the saturation value and can therefore be as-
sumed zero within an acceptable error margin.Eq. (16)can
then be rewritten as

kg,experimental= "m

π〈dp〉2CsMs"t
(18)

in which the mass decrease of the sphere must be deter-
mined experimentally. Finally the Schmidt number is esti-
mated from Cho and the diffusion coefficient of naphthalene

in air is estimated from the average of the value of Cho and
of Chen and Wung as recommended by Goldstein and Cho
[10].

To relate the heat transfer simulations to the mass transfer
experiments, the Chilton–Colburn analogy is applied. In this
analogy, the heat transfer numberjH and the mass transfer
numberjD are defined as

jH ≡ Nu

RePr1/3
and jD ≡ Nu

ShSc1/3
(19)

For geometrical similarityjH equalsjD. In this way, the
mass transfer experiments can be used to validate the CFD
heat transfer simulations.

3. CFD modelling

3.1. Heat transfer from single free sphere to fluid

A solid sphere of 12.7 mm diameter, with a temperature
of 310 K, was defined in a cylindrical domain, which had
‘open’ boundary conditions to simulate an ‘infinite’ domain,
with uniform static pressure boundary function. In this
work, the domain sizes are expressed in parametersa, b and
c, which are multiples of the sphere diameter, as shown in
Fig. 2. Cases with parameters [a, b, c] equal to [1.5,5.5,5],
[4.5,8.5,10] and [9,17,20] were simulated. For a simi-
lar case, Mansoorzadeh et al.[15] used a domain size of
[5,20,5]. The fluid was defined to be incompressible; the
stationary situation was considered. The fluid entered the do-
main inlet with a temperature of 300 K, consequently being
heated by the sphere. CFD modelling was done in CFX-5.3
from AEA Technology. An unstructured grid was used.
Laminar simulations were done for 1.27 × 10−4 < Re <

127 and turbulent simulations for 127< Re < 1.27× 105.
The k–ε, the RNGk–ε and the Reynolds Stress turbulence
models were used. In laminar flow, steep radial temperature
profiles occurred close to the surface of the sphere. At low
Reynolds numbers, the temperature profile extends through
a considerable part of the domain (i.e. over several particle
diameters). Consequently, a fine mesh is required close to
the surface of the sphere, whereas a somewhat coarser mesh
is allowed further away from the surface. This was resolved
by using a mesh inflation at the sphere surface, i.e., five
thin layers of prismatic cells, with a thickness that increases
per layer in the radial direction. For solutions that were
sufficiently grid independent, up to 1.6 × 106 mesh cells
were required, with the first layer of cells having a thick-
ness of 1.8 × 10−4 times the sphere diameter. In turbulent
flow, the laminar sub-layer and buffer layer were described
by standard wall functions in the first layer of mesh cells
around the sphere. Thus, the steep gradients close to the
sphere surface were modelled in a single layer of grid cells.
As a result, somewhat less mesh cells were required (up to
2.5×105) than for laminar flow. The results are presented in
Fig. 3.
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Fig. 2. Benchmark geometry.

The heat transfer rate is predicted within an error of 5%
for 1 < Re < 103, depending on the literature that is
chosen for comparison[17,23]. For 103 < Re < 105 the
model shows prediction within an error of 10% (in between
Whitaker [23] and Achenbach[1]). Second-order discreti-
sation schemes gave better predictions than the first-order
scheme. It was found that heat transfer predictions devi-
ated considerably from theory if Reynolds was varied by
changing the viscosity at constant fluid density and veloc-
ity, resulting in high Prandtl numbers (up to 105). It proved
that simulations should be carried out forPr � 1 in order
not to obtain erroneous heat transfer predictions. Hence, it
was decided to use the density to set the Reynolds num-
ber and to keep Prandtl fixed at unity. No significant in-
fluence on the heat transfer rate of the fluid domain size
was found between the factor 10 or 20 for parameterc in
Fig. 2.

It was found that the RNGk–ε model gave heat transfer
predictions that were somewhat better in the range of the
experimental data, than the more widely usedk–ε model.
This can be explained by the limited performance of thek–ε
model on curved boundary layers[21]. Simulations with the
Reynolds Stress turbulence model gave similar predictions

Fig. 3. Heat transfer for a single free sphere; Nusselt vs. Reynolds.

to RNGk–ε models, which does not justify the higher com-
puting effort of the latter.

The non-dimensional parametery+ is used to verify the
mesh adequacy for turbulent simulations. This parameter is
used to determine the dimensionless thickness of the wall
cell and depends on the mesh size in the wall region. If the
value ofy+ is too large, the wall function will impose the
wall type condition further from the wall than is physically
appropriate. Conversely, a too small value means the span-
ning of a too small portion of the physical boundary layer,
which is also physically inappropriate. A typical value for
y+ between 30 and 300, or at least between 10 and 1000, is
generally recommended for best accuracy.

In the present study, they+ criterion was only met at the
higher Reynolds numbers. At the lower Reynolds numbers,
y+ values even smaller than 1 were obtained, even with
meshes that could be considered coarse with respect to dis-
cretisation errors. The good results that were nevertheless
obtained, indicate that the CFX code is apparently quite ro-
bust outside the recommended range ofy+.

It is well known that in the single free sphere model the
fluid velocity as well as the particle-to-fluid heat transfer
(or local Nusselt number) along the sphere surface are a
function of the angle relative to the stagnation point. This
phenomenon is also reported by Lloyd and Boehm[14] in 2D
CFD simulations of flow and heat transfer around spheres, as
well as by Giedt[8] for circular cylinders in cross flow. The
heat transfer at different Reynolds numbers as a function of
the angle relative to the stagnation point are plotted inFigs. 4
and 5. In Fig. 6, detailed flow profiles and heat transfer
plots are presented for three different Reynolds numbers.
The results agree with the work of Giedt[8], and Lloyd and
Boehm[14], although direct comparison with literature data
is not possible.

3.2. Particle-to-fluid heat transfer in the CSP

In the CFD model of the CSP, the particle-to-fluid heat
transfer was simulated by defining all solids (spheres, chan-
nel wall) to be adiabatic, except for one or more ‘active’
spheres, which were given a higher surface temperature
than the inlet temperature of the fluid. The integral value of
the resulting heat flux from the sphere to the fluid was used
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Fig. 4. Local Nusselt number as function of angle from stagnation point
(θ) at low Reynolds.

for calculation of the particle average Nusselt number. The
most important aspects of the CFD model are: single chan-
nel with square cross-section with 8–16 spherical particles,
shrunken particle diameters (1%) to avoid grid generation
problems because of solid contact points[4], unstructured
grid with prismatic cells in the first five mesh layers from
the solid surfaces and tetrahedral cells in the remaining

Fig. 5. Local Nusselt number as function of angle from stagnation point
(θ) at high Reynolds.

volume, incompressible flow that was assumed to be sta-
tionary, Reynolds number (based on interstitial velocity
and hydraulic diameter) ranging from 10−2 to 105, k–ε and
RNG k–ε turbulence models, standard wall functions in the
case of turbulent flow.

Five CSP geometries were simulated. Ducts with a square
cross-section were filled with arrays of 8–16 particles, de-
pending on the channel-to-particle-diameter ratio. These
geometries are identical to the ones used in the dimensions
of the mass transfer experiment setup (seeFig. 1), except
for the length of the packing. The number of spheres and
the channel length are limited because longer channels
would increase the number of mesh cells needed, which is
limited by computing resources. It was shown in previous
pressure drop CFD simulations by Calis et al.[4] that even
the short packings, containing only 8–16 particles, repre-
sent the characteristics of the CSP adequately, as far as flow
profile and pressure drop are concerned.

The ‘active’ spheres were given a fixed temperature
(rather than a fixed heat flux) because a constant surface
temperature in the heat transfer simulations resembles the
boundary condition in the naphthalene mass transfer exper-
iments (i.e. a constant surface concentration). The Nusselt
number is based on the integral heat transfer rate over the
complete sphere, although it is obvious that the heat flux
is not uniform, as is illustrated by the CFD simulation
(seeFig. 7).

Various aspects of the simulation model were investi-
gated in order to assess the validity of the simulated heat
transfer rates. Different mesh sizes were tested, different
shrink factors, the influence of the position and the num-
ber of ‘active’ spheres, before finally all five different
channel-to-particle-diameter ratios were simulated.

To obtain a heat transfer rate that showed to approach grid
size independency, the grid cell thickness at the (heated)
sphere surfaces needed to be about 17�m (compared to a
particle diameter of 12.7 mm), in grids with up to 3.4 million
cells for laminar flow. Turbulent flow posed the dilemma that
a fine mesh is needed to limit discretisation errors, which
conflicts with the constraint of they+ value that sets a lower
limit to the wall (grid) cell size. It was found that the heat
transfer with CFX is only weakly dependent on they+ values
between 0.1 and 1000. Mass/enthalpy balance residuals were
on average lower than 0.05%.

In order not to generate solid–solid contact points to pre-
vent mesh generation problems, the spheres were shrunk
by 1% after determining the positions of the spheres in the
channel[4]. The influence of this shrink factor on the heat
transfer and fluid velocity was investigated by comparing
with shrink factors of 2, 3 and 5% after correcting Reynolds
for the increased porosity. From these simulations, it was
found that the heat transfer for a shrink factor of 1% is rep-
resentative (<5% relative error) for the full solid–solid con-
tact, which agrees with the work of Nijemeisland and Dixon
[16] on channel-to-fluid heat transfer. They used a similar
approach in their so-called ‘near-miss’ model.
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Fig. 6. Cross-section of a small part of the total fluid domain of the benchmark. The flow direction is represented by the vectors around the sphere. Two
color scales are available; the heat flux scale is valid for the circular sphere surface, whereas the temperature scale is valid for the fluid domain. They
pertain to (a)Re = 1.27, (b) Re = 127 and (c)Re = 127000.

The influence of the number and position of the ‘active’
particles on the Nusselt number was investigated. It was
found that in the packing ofN = 1.00, the third to the
seventh particle (the packing contained eight particles) are
representative for the heat transfer, i.e. the same Nusselt
number is found for each position (<3% relative error). This
indicates that the flow becomes periodic with respect to the
heat transfer after the second particle. The flow is not yet
periodic in the region of the first two particles, whereas back
mixing effects at the rear end/outlet of the packing affect the
heat transfer of the last particle. The Nusselt numbers were
not affected (<3% relative error) by the number of ‘active’
particles in a row, provided, of course, that the correct bulk
fluid temperatures were used for each ‘active’ particle in
the calculation of the heat transfer coefficient from the total
heat flux of a particle (seeSection 2.1, Eq. (5)). This shows
that the approach, explained inSection 2.1is correct. Only

Fig. 7. Local heat transfer (Re = 502) over the surface of particle no. 3 in a linear array of spheres forN = 1.00, in front (a), side (b) and rear (c) view.
Two color scales are available; the heat flux scale (W m−2 = kg s−3)is valid for the sphere surface, whereas the temperature scale is valid for the fluid
domain. It is clear that the heat transfer rate is lower in the stagnant zone, in the shade of the particle that is located upstream of the ‘active’ particle.
The heat transfer rate at the downstream side of the ‘active’ particle is lower because of the stagnant zone and increased fluid temperature which causes
a smaller temperature gradient between the local particle surface and fluid. The highest heat transfer rate is achieved on the side parts of the particle
where the fluid has its highest velocity (lowest temperature) because of the square channel cross-section.

at low Reynolds numbers (Re < 10), in case of multiple
heated particles, it was found that the Nusselt numbers for
the different particles in a row were not equal. This effect
is attributed to the strongly decreasing temperature gradient
between the particle and the fluid downstream, as a result of
the heating of the bulk fluid in a row of heated particles. In
the case of an almost stagnant fluid in a constrained space,
the concept of the heat transfer coefficient starts breaking
down (seeSection 2.1). Similar tests were carried out for
the packings withN = 1.15, 1.47, 2.00A and 2.00B, all
showing the same packing inlet and outlet effects.

For packing 2.00B, two cases need to be discerned. Due
to the geometry of the packing (seeFig. 1), from a flow
profile and heat transfer point of view, two different particles
can be distinguished: a particle in the centre (of the square
cross-section) of the channel, with a layer of four particles
both upstream and downstream, and a particle in one of
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these layers of four, located in the corner of two walls (of
the square cross-section). It was found that the Nusselt value
of the centre particle was maximally 10% lower than the
Nusselt value of the particles in a layer of four.

4. Experimental

The experimental values of the Sherwood numbers were
obtained by replacing one or more spheres in the packing
by spheres made of naphthalene, and determining the rate
of mass decrease of the naphthalene spheres at constant gas
velocity (Fig. 8).

Single channels made of PMMA walls were used, with
square cross-sections of 12.7 to 26.0 mm, and a length of
700 mm[4]. High-precision plastic PE spheres of 12.7 mm
diameter were supported by a screen. The inlet region of
the channels contained a bed of 2 mm glass beads followed
by a 400 csi monolith, to obtain a flat inlet velocity pro-
file. High-precision naphthalene spheres of 12.7 mm diame-
ter were prepared by gluing together two hemispheres, that
were made by compressing the right amount of powdered
naphthalene crystals in a hemispherical mould, such that a
particle density of 1145 kg m−3 was obtained.

Upstream of the column, the flow was heated to 25◦C
in order to obtain a sufficiently high mass transfer rate of
naphthalene. The mass transfer rate was determined by
weighing the naphthalene sphere right before and right after
a run at a constant gas velocity. Experiments were carried
out for packings with channel-to-particle-diameter ratios
of 1.00, 1.47, 2.00A and 2.00B (seeFig. 1). The Reynolds
number regimes were 300–4656, 210–6195, 101–2530 and
484–2251, respectively. A typical run was stopped before a
5% decrease of the mass of a particle occurred (correspond-
ing to 1.7% diameter decrease), in order not to influence the
flow profile and mass transfer rate in the CSP because of the
decrease of the particle diameter. Measurements were done
on the systemic error of mass decrease during the loading

Fig. 8. Plot of simulated Nusselt numbers, experimental Sherwood num-
bers and fitted correlation vs. Reynolds numbers,N = 1.00.

Fig. 9. Plot of simulated Nusselt numbers, experimental Sherwood num-
bers and fitted correlation vs. Reynolds numbers,N = 1.15.

Fig. 10. Plot of simulated Nusselt numbers, experimental Sherwood num-
bers and fitted correlation vs. Reynolds numbers,N = 1.47.

and unloading of the particle, which is corrected for in the
calculation of the experimental Sherwood number. The re-
sulting Sherwood numbers are plotted inFigs. 9–12, together
with the Nusselt numbers obtained via CFD simulation.

Fig. 11. Plot of simulated Nusselt numbers, experimental Sherwood num-
bers and fitted correlation vs. Reynolds numbers,N = 2.00A.
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Fig. 12. Plot of simulated Nusselt numbers, experimental Sherwood num-
bers and fitted correlation vs. Reynolds numbers,N = 2.00B.

5. Validation

The simulated Nusselt numbers could be adequately fit-
ted to the commonly used engineering correlationNu =
c1 + c2RenPr1/3. These correlations pertain to the constant
temperature boundary condition. Six correlations are de-
veloped, one for each specific channel-to-particle-diameter
ratio and one generic correlation for square cross-section
channels withN ≤ 2.00. The fitted constants are listed in
Table 1.

The constants are based on all heat transfer simulation
results (coarse and fine meshes), which were reliable based
on y+ and"T criteria (Eq. (5)). The adequacy of the dif-
ferent engineering correlations compared to the individual
simulation results is listed inTable 2as a prediction error
percentage. The error percentage was defined by compar-

Table 1
Fitted constants, based on CFD simulations, for the engineering correla-
tions of Eqs. (1) and (2)

N Parameters with 95% confidence interval

c1 c2 n

1.00 2.27± 0.62 0.67± 0.2 0.661± 0.038
1.15 3.33± 0.58 0.724± 0.0186 0.609± 0.030
1.47 1.77± 0.28 0.249± 0.058 0.688± 0.026
2.00A 1.16 ± 0.2 0.629± 0.130 0.623± 0.026
2.00B 0.872± 0.164 0.770± 0.112 0.624± 0.018
≤2.00 1.06± 0.2 0.796± 0.124 0.621± 0.02

Table 2
Prediction error percentages of different engineering correlations

N N-specific CFD
correlation (%)

Generic CFD
correlation,
N ≤ 2.00 (%)

Randomly packed
bed correlation
(Eq. (14)) (%)

1.00 6 15 19
1.47 31 29 75
2.00A 15 7 58
2.00B 10 11 60

ing the predicted Nusselt values of the correlations, at the
Reynolds numbers for which the experiments were carried
out, and the mean value of the corresponding experimental
Sherwood numbers, in the following way:

error=
∑x

i=1

∣∣∣
(

Nu|Pr=1
correlation/

(∑p

i=1 Sh|Sc=1
experimental/p

)
− 1

)
× 100%

∣∣∣
x

(20)

wherex is the number of mass transfer experiments at differ-
ent Reynolds numbers within the regimes described above,
andp the total number of mass transfer experiments at a
specific Reynolds number. TheN-specific CFD correlations
agreed well with the experimental Sherwood numbers: the
deviations were less than 15%, except forN = 1.47 (which
was 31%, attributed to the high voidage[4]). These results
indicate that the CFD model can be used to develop accept-
able specific and generic engineering correlations needed for
the design of CSPs. The considerable deviation of the com-
monly used randomly packed bed model confirms that the
packed beds with lowN are ‘special’ cases.

6. Conclusions

Commercial CFD software can be used to adequately pre-
dict the particle-to-fluid heat transfer of a single free sphere
as well as particles in a square channel packed bed with
low (1.00 � N � 2.00) channel-to-particle-diameter ra-
tio. These predictions can be used to develop simple reactor
engineering correlations, which predict the mass and heat
transfer rate within an average error of 15% for Reynolds
numbers ranging from 10−1 to 105. The good agreement be-
tween simulated and experimental results gives confidence
in the application of CFD simulation to predict the charac-
teristics of fixed beds, or packings in general.

The required number of grid cells is at the limit of today’s
acceptable computing power. It is anticipated however, that
within a few years, computer power and CFD modelling
will have advanced to a point where simulation of heat/mass
transfer in packed beds up to a few hundred particles, is
considered a ‘standard problem’.
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